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Abstract

The goal of this study is to propose a modification of the NRTL-PR EoS for the prediction of phase
equilibria and excess enthalpies in mixtures containing methanol with hydrocarbons; indeed, with
these systems, the original equation is confronted to many difficulties arising from the simultaneous
prediction of liquid-liquid equilibria together with vapor-liquid and enthalpy data. For this purpose,

an additional term is included in the EoS excess Gibbs energy, ggos , of the Peng-Robinson equation

to account for the self-association of methanol. The resulting NRTL-PRA EoS is successfully used
for the prediction of both liquid-liquid and vapor-liquid equilibria, as well as excess enthalpies, in
mixtures of methanol with hydrocarbons, light gases and associating compounds. Results are
comparable to those obtained with other predictive EoS (VTPR and SAFT), but with the main
advantage to predict all thermodynamic properties with a simple cubic equation.

Keywords: Phase equilibria; EoS/G" approach; NRTL-PRA EoS; Group contribution; Associating
compounds; Methanol.

1. Introduction

Formation of gas hydrates is a major problem in offshore petroleum exploitations since it can lead
to pipeline obstructions with heavy consequences; this problem is commonly prevented by injecting
an inhibitor, mostly methanol. Therefore an accurate prediction of phase equilibria in mixtures
containing methanol with hydrocarbons is of great interest for petroleum industry. The major
difficulty arises from the simultaneous representation of liquid-liquid (LLE) data together with vapor-
liquid equilibria (VLE) and excess enthalpies (h"). Up to now, two approaches were considered by
chemical engineers to solve this problem: first, the predictive cubic VTPR EoS [1], even if it is
known to provide “not very satisfactory” liquid-liquid predictions; second, the CPA [2] and SAFT
type equations (PC-SAFT [2-5], GC-PC-SAFT [6], SAFT-y Mie [7], GCA [8]), even if none of these
models gives information about the representation of excess enthalpies h* and if few of them (GC-PC-
SAFT, SAFT-y Mie and GCA EoS) are totally predictive.

The present work is based on the NRTL-PR EoS [9,10] previously developed in the “EoS/g™”
formalism [11] by using the generalized NRTL Gibbs energy [12] for the EoS excess Gibbs energy,

ggos, coupled with the Peng-Robinson equation of state [13]. The NRTL-PR EoS is both: quite
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simple, since it remains a cubic EoS, and totally predictive, thanks to interaction energy parameters
estimated through group contributions. As was shown in [9] and [10], it provides very good results
for VLE and h* of hydrocarbon mixtures, but also for VLE and LLE of systems including associating
compounds, namely water or ethylene glycol, with hydrocarbons.

However, for water-hydrocarbon or ethylene glycol-hydrocarbon mixtures, the main success of the
NRTL-PR modeling, using only asymmetrical group interaction parameters between components K
and L (I'ix # I'kr), is due to the fact that experimental data concern only one kind of phase equilibria
(VLE or LLE). This statement is illustrated in Fig.1 which represents, for the methanol-hexane
system, the variation of the EoS excess Gibbs energy with respect to temperature; as for most of
binary methanol-paraffin mixtures, the LLE and VLE diagrams are rather symmetric, so that Fig.1

only reports the evolution of g Eos / RT for equimolar mixtures (x;=0.5) . For this type of mixtures, it
is also well known that demixings observed in the LLE domain satisfy the following condition:
g goS (x; =0.5)/RT 20.5; figure la, which represents the variation of this function with parameters
determined from LLE data only, shows that, in this domain, namely for 7<308 K for methanol-
hexane, g EOS / RT is actually greater than 0.5; however, this modeling predicts, in the VLE domain, a

"too fast decrease" of the excess function compared to the evolution expected in Fig.1b, when
parameters are determined from VLE data only.

As suggested by the above analysis, the modeling of methanol-hydrocarbon systems which
requires the simultaneous representation of LLE and VLE should be more complex. For this purpose,
a modification of the NRTL-PR equation is proposed in the present paper. The new EoS, named
NRTL-PRA (NRTL-PR with Association) includes an additional term in the EoS excess Gibbs
energy of the Peng-Robinson equation to account for the self-association of methanol; the generalized
NRTL model being especially adapted to the prediction of liquid phase equilibria (as indicated by its
name « Non Random Two Liquids »), the purpose of this additional term is mainly the improvement
of predicted VLE and excess enthalpies h®. Thus, always for the system methanol-hexane, Fig.lc

represents the variation of the ggos / RT function calculated from the new NRTL-PRA EoS with

parameters determined on both VLE and LLE data; the improvement of the variation of the global
EoS excess function in the whole temperature range, due to the introduction of this additional term, is
obvious.

This paper develops the fundamental bases of the NRTL-PRA EoS and details the extension of the
group contributions to methanol with hydrocarbons. The new equation is applied to the prediction of
phase equilibria and excess enthalpies of mixtures containing methanol with paraffins, cycloalkanes,
aromatics, permanent gases, water and ethylene glycol. It is first compared with the original NRTL-
PR EoS, in order to valid the behavior of both equations previously described in Fig.1 for the
methanol-hexane system. The NRTL-PRA group contribution EoS is then compared with literature
predictive equations: the cubic VTPR EoS and SAFT type equations. We show that results obtained
with the proposed EoS are comparable to those provided by the two other literature predictive EoS,
but with the main advantage to predict all thermodynamic properties with a simple cubic equation.
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2. The NRTL-PRA EoS

The equation is based on the Peng-Robinson equation of state [13]:

RT a
poRT _ (1)
v—b > +2by—b>

in which the covolume b is calculated by b= Zixibi and the attractive term a is estimated in the

EoS/g" formalism using the generalized reference state [14]:

Z 1 |:gE()S :l (2)

bRT - bRT 053

with:  gfs=g" ~RT Yt . =3 3)
i

i
where, r; is the volume area factor.

In Eq. (3), the excess Gibbs energy g” is expressed with the generalized NRTL model [12] modified,

by means of the term g fiss , to take account of the self-association of methanol:

E E E E
8 = 8diss + 8res + 8comb (4)

Since, gfomb = RTZl.xi In(r;/r), Egs. (3) and (4) lead to the final expression of the EoS excess Gibbs

energy:
E E E
8EoS = 8diss + 8res (5)

It is worth noting that:

- the additional term gi-ss only accounts for the number of interactions between associating

components i(asso) and their decrease, during mixings with other components j. Indeed, Fig.2 shows
that interactions between methanol molecules i and other mixture compounds j tend to replace the
initial interactions between pure methanol molecules, reducing thus the self-association of this
compound.

- the residual term gfes estimates the variation of the interaction energies between molecules i and j

with respect to mixings.

2.1- Dissociation excess Gibbs energy gf;ss

The dissociation excess Gibbs energy in Eq. (5) is expressed according to :

E _ M _ (=D
8diss = 8diss = 8 polym Z Xi 8 polym.i (6)

i=i(asso)
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(x;=1

where, g, and g5

represent the molar Gibbs energies required for the formation of

polymers, respectively in mixtures and in pure components i(asso). The self-association of methanol
is described according to the CRG (Chemical-Reticular-Group) model developed by Neau et al. for
low pressure phase equilibria [15]:

A+ Ak = Ai (AG) ) (7)

Assuming that the standard free enthalpy of formation of one hydrogen bond AGiO is independent on

the polymer size, Eq. (7) can also be expressed as: kA;; = A; with a free enthalpy of formation

equalto: (k-1 )AGiO .

Knowing that the Gibbs energy, AGiO , required for the formation of one hydrogen bond is

simultaneously associated with the energy, Ei?, released by the breaking-off of one interaction

(x=1)

between two monomer molecules, the Gibbs energies g, and g are expressed as:

polym,i
8 polym = %X ik (k= 1)Ei(2ass0) ;& ;)21;2,1' = %X 0 (k- DEi(zasso) (8)
with:
Eflusso) = 4G] — Ei, and:  El=-(2/z)E; , (z=10) 9)

where, X; and X i(kxi =1 are the mole fractions of polymers k, respectively in the mixture and in the

pure component; Eio( )is the global Gibbs energy involved by the formation of one polymer

asso

(assuming, as in the original paper [12], that the binary interaction Ej; is the configurational energy of
Z/2 pair interactions (i-i)).

Finally, taking account of Egs. (A-1)-(A-2) in Appendix A, the final expression of g 51“ is:

ghs= 3 (xx X, )E] (10)

i(asso
=i ( asso) ( )

Table 1 resumes the main relations concerning the "dissociation excess Gibbs energy giss "L Itis

worth noting that the introduction of the association term in the original NRTL-PR EoS implies two
major modifications: first, the estimation of new model parameters, second, the estimation of the
global mole fractions of polymers, X; . These points are described below.

(1) - Estimation of new model parameters. As described in part (b) of table 1, the specific parameters
for methanol are:

e the parameters of the Soave function, expressed according to the method previously developed
[24] for associating compounds and the UNIFAC subgroup parameters [22,23] ;
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e the free enthalpy of formation of one hydrogen bond, AGiO , calculated from the literature
experimental data of enthalpy and entropy of association at Ty=298.15K, assuming a variation type:

AGiO =(a+ b (T,/T —1)) similar to the one proposed in Eq. (20); for methanol, literature data [16-

21] led to: AH}lz ) =a+b=-17000 J.mol™, ASyy  =b/Ty=-21.5 1K mol"

E&am) expressed from Eq. (9), by calculating the energy, Eg , between two methanol molecules

from the group contribution parameters described in table 3.

(2) - Estimation of the global mole fractions of polymers, X;. The global mole fractions of polymers,
X; , can easily be estimated from the global mole fractions x; by means of the intermediate variables
Xi; (mole fraction of monomers) and K; (the "pseudo equilibrium constant"). However, the "key" point
of the modeling remains the estimation of K; with respect to mole fractions x;.

Assuming that K,Q is the association equilibrium constant of the polymerization reaction (Eq. (7)),

it can be expressed, with respect to the polymer mole fractions, as:

K} = exp(-AG) / RT) = X gam; with: gam, =| — 1k (11)
X i(k-1) Vi1 Yitk-1

where, %;; represent the activity coefficients of polymers & in the mixture. However, these quantities
are not available from the model, so that some assumptions are required:

= Yik = Yik-1)

- the activity coefficient }; of the monomer is estimated from a "combinatorial term of Flory type":

Iny; =In(o;, /o), with: =) x,0, using generalized expressions of the volume factors 0, .
m

The ratio of the activity coefficients in Eq. (11) then reduces to gam; ~1/y;; ~ o/0;;, which allows

us to express the "pseudo equilibrium constant K;" associated with the polymerization reaction (Eq.
(7)) as follows:

K, =— Xk exp(-AG® / RT)/ gam, (12)
X Xi(k-1)
where :
gam; = x; + z X (O i1 0}) with: 0, ;= rm,i(f; —F,) (13)

m;ti( asso)

Parameters introduced in Eq. (13) are the following:

® Polarity parameters P,, : they are equal to 1 for polar or associating compounds (water, ethylene
glycol, methanol) and O in all the other cases. According to Appendix A, a value close to 1 allows
predicting "totally miscible" mixings of methanol with water or ethylene glycol, without requiring a
"new" modeling of the other associating components.
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e Structural parameters a,,; : they replace the "classical" volume factor estimated from the UNIFAC
subgroups [22,23] and account for "stereochemistry" and "chain length" effects; they are estimated
according to:

Toni = 2 Vi Ric Sk i (14)
k

where, V, is the number of subgroup k in the molecule m, Ry is the UNIFAC volume parameter of
subgroup k [22,23] and Si; is the stereochemistry parameter of group k in the presence of the
associating component i.

As confirmed by Appendix A, small values of structural parameters 0, ; allow a better "miscibility"
of components m with methanol, while higher values lead to less miscible mixtures, the critical
demixing temperatures of which increase with the molecular size of compound m.

The group contribution values of the Si; parameters are given in Table 2; they were chosen in order to
obtain quite miscible mixings with "light gases" or "aromatics" and increased immiscibility in systems
containing "cycloalkanes" or "n-paraffins" of increasing sizes (the negative values of Sy ; for the CH
and C paraffinic groups take account of the "real" decrease of the molar size of substituted paraffins
compared to n-paraffins). The values of the UNIFAC parameters R, and Qy are also reported in Table
2.

2.2- Residual excess Gibbs energy g,”;s

As for the NRTL-PR EoS, the residual part of the excess Gibbs energy is defined by:

E X;4,Gji

Sros = D Xq; > =1L T , G;=exp(l;/RT (15)
res i 111 I mequm[ Ji JU ( Ji )

m

but, describing, for the "associating" component i, the "reduced" number of external interactions with
other mixture components j according to :

g = q;; - 1-X;/x)1(2/z) (16)

In the above relation, ¢;,z is the number of external contacts for one mole of monomer component i

(non-associated); assuming, as developed in the previous section, that one hydrogen bond leads to a

decrease of two external contacts for two molecules, (1-X;/x;)/2 represents the "loss" of external

contacts /'; between the associating component i(asso) and other components j of the mixture.

As in the original EoS, surface area factors g; or g;, in Egs. (15, 16) are estimated from the

UNIFAC subgroups Qi [22,23]:

i1 =2V Qx (17)
k
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Concerning the modeling of "methanol" in terms of group contributions, we have chosen to represent
this molecule as the sum of a "CH;" group and the hydroxyl "OH" group, rather than as a single
"CH,0" functional group; the extrapolation to higher alcohols will therefore only require the
introduction of "new" hydroxyl "OH" groups.

The binary interaction parameters /j; in Eq. (15) are always estimated with the original group
contribution method:

Fji:zeiKZ(ejL_eiL)FLK s Tk =0 (13)
K L
where Ok is the probability that a contact from a molecule i involves a main group K :

0
O.x :ZVik(K)—k (19)
k qi

with vk, the number of subgroup & belonging to the main group K in a molecule i.

As in [9,10], the group interaction parameters / jz are assumed to be symmetric (I 'k, = I7x), except
if one of these groups is "H,O" for water, "MEG" for ethylene glycol or "OH" for methanol. In the
original NRTL-PR EoS, it was assumed that a linear dependence of [ x with respect to
T,/T,with T, =298.15K, was sufficient to get reliable representation of phase equilibria in a large
range of temperatures. However, for mixtures of polar or associating compounds, namely methanol-
water and methanol-ethylene glycol, we observed that the introduction of an additional term with
respect to temperature strongly improved predictions of excess enthalpies. The original dependence of

I'; x [9,10] was therefore generalized as follows:

T T
ru=rf} + rip(B1) « 12 2] 20
0

The new values of parameters I S)), I’ E,g are given in Tables 3a and 3b for "OH" with all

"hydrocarbon groups", "light gases" and "associating components", like water or MEG; for these last

components, the additional group parameters [~ g() are also reported in Table 3c.

2.3- Pure component parameters estimation

The attractive term a; and the covolume b; in Eq. (2) are estimated from the critical temperature
and pressure, T,; and P,; respectively, by the formulae:
°T? RT,
a; =0.45723553 7 : f(T,) , b; =0.07779607 : 21

Ci

Ci

where T, is the reduced temperature, 7, = T/ Tci , and f{(T}) is the generalized Soave function [24]:
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£(5)=[1em(1-17)] (22)

For hydrocarbons and non associating compounds, we still consider the original Soave function [25]
corresponding to y = 0.5 with the parameter m correlated to the acentric factor w through the
generalized expression proposed by Robinson and Peng [26]:

m =0.37464 +1.54226m— 0.26992 " if ®<0.49
m =0.379642 +1.48503w— 0.164423w°+ 0.016666@° if @>0.49 (23)

On the other hand, for associating compounds, y and m parameters are estimated with the values
previously proposed in [24] to improve vapor pressure representations (y = 0.65, m = 0.6864 for water
and y = 0.9, m = 0.6969 for methanol).

3. Results and discussion

The NRTL-PRA group contribution parameters reported in Tables 3a, 3b and 3¢ were obtained by
correlating literature experimental data reported in Table 4; these data can be divided into two sets:

- the first one refers to binary mixtures containing VLE, LLE and h* data, such as systems containing
methanol with : n-paraffins, from propane to dodecane, substituted paraffins, from 2-methylpropane
to 2,24-trimethylpentane, cycloalkanes, from cyclopentane to cyclooctane, and substituted
cycloalkanes, from methylcyclopentane to methylcyclohexane.

- The second set concerns totally miscible systems with VLE and h* data only, namely mixtures of
methanol with : aromatics, including benzene and substituted compounds from toluene to 1,3,5-
trimethylbenzene, light gases, like methane, ethane, carbon dioxide, nitrogen and hydrogen sulfide,
and associating compounds, namely water and ethylene glycol.

The most significant results obtained for the prediction of phase equilibria and enthalpies in
mixtures containing methanol with hydrocarbons, gases and associating components are reported in
this section. First, the predictions obtained with the proposed NRTL-PRA EoS are compared with the
results provided by the original NRTL-PR EoS. The NRTL-PRA group contribution EoS is then
compared with two literature predictive equations: the cubic VITPR EoS and the SAFT type
equations.

3.1- Influence of the association term for the prediction of VLE, h* and LLE

The aim of this section is to evidence the need of taking into account the dissociation of methanol
during mixings with hydrocarbons, especially with paraffins and cycloalkanes. For this purpose, a
group contribution method was specially developed with the original NRTL-PR equation; deviations
thus obtained are compared with those of the NRTL-PRA EoS. Results are reported in Table 4
according to the type of experimental data.
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e Mixtures of methanol with paraffins and cycloalkanes: VLE, h* and LLE data (Table 4a). As for all
mixtures containing liquid-liquid data, deviations on the mole fractions of the two phases should be
considered with great caution, especially when the modeling overestimates the critical mixing
temperature; in this situation, the resulting deviations on pressure, for isothermal VLE, and on
enthalpies may be questionable. However, in the present case, results for VLE and LLE are not
questionable: global deviations obtained with the NRTL-PR equation on pressure, for isothermal
VLE, and on the mole fractions x; and x; in the two phases, for LLE, are nearly three times larger
than those predicted by the NRTL-PRA model. Concerning h¥, the two models “seem” to provide
equivalent results, which does “not mean better” predictions, as is shown with the analysis of the
results presented below in Fig. 3.

Figure 3 compares the modelings of methanol-hexane (Figs. 3a, 3¢ and 3e) and methanol-

cyclohexane (Figs. 3b, 3d and 3f) systems. As discussed in section 2 and according to Fig. 1, the
introduction of the "association" term in the EoS excess Gibbs energy of the NRTL-PRA equation
enables a satisfactory prediction of both LLE and VLE, for both components® (Figs. 3a-3d); on the
contrary, the group contribution developed with the NRTL-PR model favors the representation of
VLE, for both systems (Figs.3c and 3d), leading thus to overestimated critical mixing temperatures,
with a rather unacceptable immiscibility domain for hexane (Fig. 3a).
For excess enthalpies, even if the NRTL-PRA EoS overestimates the prediction of h” for hexane (Fig.
3e), results are quite satisfactory for cyclohexane (Fig. 3f); it is not the case with the NRTL-PR
equation, which mainly leads to h® predictions in the two-phase domain with, in addition, rather too
high values of h* for cyclohexane (Fig. 3f). Consequently, the "assumed h” equivalent predictions" of
both models (Table 4) are mainly due to the estimated deviations in presence of large immiscibility
domains.

In conclusion, the NRTL-PR modeling should be avoided for this kind of mixtures, and it is obviously
no more considered for the comparison of NRTL-PRA EoS with other literature equations.

e Mixtures of methanol with aromatics, light gases and associating compounds: VLE and h* data
(Table 4b). Contrary to the previous case, all deviations on pressure and enthalpies are significant. We
observe that the two modelings are quite similar and satisfactory; this conclusion could be expected,
since these mixtures are close to those already described in the original paper [10] concerning the
modeling of VLE and h® for water, or ethylene glycol, with hydrocarbons.

We would also point out the main difference between the two approaches. Even if no demixings are
observed for systems containing methanol with aromatics or light gases, the NRTL-PRA EoS always
assumes a dissociation of methanol during mixings; thanks to the use of decreasing values of the
structural parameters (Eq. (14) and Table 2) involved in the “dissociation process”, the equation is
able to provide “slightly better” predictions for this kind of mixtures.

3.2- Prediction of LLE, VLE and h® from NRTL-PRA and VTPR EoS

E”

This section compares two very close cubic EoS : both are based on the same “EoS/g”” formalism,

using the same Peng-Robinson EoS [13], but with two different versions of the “two fluid theory”
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[27] for the EoS excess Gibbs energy, ggos. The NRTL-PRA EoS is based on the generalized NRTL

Gibbs energy [12], derived from the original NRTL model [28], while the VTPR EoS [1] considers
the UNIFAC model [29]. Moreover, both equations take account of the volume-translation [30] for
the estimation of volumetric properties.

Due to their simplicity, cubic EoS can easily be used for the modeling of phase equilibria in
multicomponent mixtures, as those considered in petroleum or pharmaceutical industry, as well as for
fluid mechanics engineering. Consequently, the examination of the main strengths and weaknesses of
each equation for the modeling of methanol with hydrocarbons, light gases and associating
compounds is of great interest.

Besides, thanks to this “simplicity”, it was also possible [10] to introduce the VTPR EoS in our
general cubic algorithm in order to predict “all figures” of interest for the comparison of the two
models (except for the systems methanol-cycloalkane, for which, according to us, no VTPR group
contribution parameter was published in literature).

e Methanol with hydrocarbons leading to immiscible mixtures: LLE, VLE and h® data. This section
concerns the modeling of mixtures methanol-paraffins and cycloalkanes reported in Table 4a. Due to
the lack of VTPR parameters for cycloalkanes, the comparison is reduced to mixtures with paraffins
in Fig. 4.

However, since the purpose of this work is to verify the behavior of the NRTL-PRA EoS, including
for methanol-cycloalkane mixtures, it is worth taking also account of results presented in Table 4a,
for all paraffins and cycloalkanes, and in Fig. 3 for hexane and cyclohexane; these results reveal a
"rather similar" behavior of methanol with both hydrocarbons and for the various properties studied :

- a very satisfactory prediction of LLE is observed with the NRTL-PRA EoS: for paraffins, in
Figs.4a and 4b and Fig. 3a, as well as for cyclohexane in Fig. 3b.

On the contrary, the VTPR equation (Figs. 4a and 4b) provides rather "poor" predictions of LLE, with
an overestimation of the liquid-liquid domain, about 30 to 40 K for almost all paraffins. This behavior
is consistent with the one observed in paragraph 3.1 with the NRTL-PR equation (Figs. 3a and 3b),
which is rather similar to the VTPR EoS; but, in the case of VTPR, the overestimation of all critical
demixing temperatures is “much more reasonable”.

- Besides, for the prediction of VLE and h", already discussed in section 3.1 (Figs. 3.c and 3e, for
methanol-hexane, and Figs. 3d and 3f for methanol-cyclohexane), the comparison with VTPR shows
that: the NRTL-PRA EoS usually predicts pressures of the isothermal VLE "slightly" lower than
those obtained with the VTPR equation (except for the system methanol-heptane, in Fig. 4c). The
NRTL-PRA predictions of h”, in Figs. 4e and 4f, remain "reasonably higher" than those of the VTPR
equation (except for butane, in Fig. 4e, with improved estimations).

o Methanol with compounds leading to totally miscible mixtures: VLE and h* data. As reported in
Table 4b, the modeling concerns mixtures of methanol with aromatics, light gases and associating
components; results are presented respectively in Figs. 5 to 7. They lead to the following conclusions:
- For aromatics, VLE and h® predictions obtained with the NRTL-PRA equation are very
satisfactory and usually “better” than those obtained with the VTPR EoS (for both VLE, in Figs. 5a

10
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and 5b, and h", in Figs. 5c and 5d). As already mentioned in paragraph 3.1 for the comparison with
the NRTL-PR equation, this improvement is mainly due to the fact that the NRTL-PRA EoS always
assumes a dissociation of methanol, but, in this case, with “moderate” values of the structural
parameters.

- Results for light gases are presented in Figs 6a-6¢, for VLE with methane, CO, and H,S, and in Fig.
6d, for ht with CO,. The NRTL-PRA EoS and, to some extent, the VTPR equation, provide an
excellent modeling of all properties; nevertheless, as for aromatics, and for the same reasons, NRTL-
PRA predictions are always “slightly better”.

- Finally, predictions of methanol-associating compounds systems are presented in Figs. 7a and 7b,
for water, and in Figs. 7c and 7d, for ethylene glycol. The modeling of methanol-water with the
NRTL-PRA EoS is very satisfactory, and much more better than with VTPR; in particular, the
NRTL-PRA equation provides an excellent prediction of h" under high pressures (Fig. 7b).
Concerning ethylene glycol, we only present results from the NRTL-PRA EoS, since we have no safe
information about the corresponding VTPR group contributions; the system methanol-ethylene glycol
is quite simple and the NRTL-PRA equation easily leads to perfect predictions.

In conclusion, the previous analysis has shown that: contrary to the VTPR equation, the NRTL-
PRA EoS provides quite satisfactory predictions of LLE, for a wide range of hydrocarbon sizes; for
VLE and hE, both models lead to rather comparable results, for hydrocarbons, and similar predictions
for aromatics, light gases and associations compounds.

3.3- Prediction of LLE and VLE from NRTL-PRA and SAFT type EoS.

SAFT type equations [2-7], deriving from the original SAFT EoS [31], are well known for their

strong theoretical bases, allowing to describe numerous properties and compounds of interest for
petroleum, chemical or pharmaceutical industries. The challenge of this section is to compare
predictions obtained with the “simple cubic” NRTL-PRA EoS to those of the “more theoretical”
SAFT equations; among them, we have considered two predictive equations: the PC-SAFT [2-5] and
the SAFT-y-Mie [7] EoS.
It can be noted, in Figs. 8 and 9, that the comparison is restricted to a very small number of mixtures.
Indeed, due to the complexity of these equations, only figures published in literature were considered
for comparison with the NRTL-PRA equation; moreover, very few results concerning mixtures of
methanol with hydrocarbons are published in literature.

e Comparison with PC-SAFT EoS. Literature data are reported in Fig. 8; according to our
classification (Table 4), they concern mixtures of methanol with paraffins, namely LLE, for heptane
and undecane , and VLE for propane, as well as light gases, by means of VLE for CO,. The analysis
of Fig. 8 reveals that:

- for paraffins, predictions of LLE reported in Figs. 8a and 8b, for heptane and undecane, are “rather”
satisfactory with the NRTL-PRA equation compared to the PC-SAFT one; for VLE with propane
(Fig. 8c), the cubic EoS shows a tendency to predict “lower” pressures in isothermal conditions.
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- For light gases, represented only by the VLE of CO, (Fig. 8d), the NRTL-PRA equation provides
the best results.

o Comparison with the SAFT-y-Mie EoS. Phase equilibria presented in Fig. 9 correspond to mixtures
of methanol with: paraffins, with LLE and VLE for hexane and VLE for butane, light gases, with
LLE and VLE for ethane, and associating compounds, with VLE for water. The analysis of Fig. 9
reveals that:

- for paraffins, the predictions of LLE and VLE obtained with the two models in Fig. 9a are very
close, with, however, always the same tendency of the NRTL-PRA equation to slightly underestimate
the pressure of isothermal VLE (Fig. 9b).

- For light gases (Fig. 9c for ethane), the two models provide very satisfactory predictions, with a
“slightly” better calculation of the liquid phase rich in ethane by the NRTL-PRA EoS; it can be noted
that the same tendency was previously observed for VLE of methanol-CO, for the comparison with
the PC-SAFT equation.

- For associating compounds (Fig. 9d for water), the two models provide exactly the same excellent
predictions.

Finally, even if the number of mixtures considered is too restricted to enable general conclusions,
the above results show that: first, the NRTL-PRA cubic EoS provides predictions “rather similar” to
those of both SAFT versions; second, the proposed EoS is the only one that gives ‘“reasonable”
predictions of excess enthalpies.

4. Conclusion

The cubic NRTL-PR EoS [9,10], based on the generalized NRTL Gibbs energy [12] associated
with the Peng-Robinson equation of state, was previously proposed for the prediction of either VLE
and h* of hydrocarbon mixtures, or VLE or LLE of systems including hydrocarbons with associating
compounds (water and ethylene glycol). The main success of this modeling, using only asymmetrical
group interaction parameters between associating compounds and hydrocarbons, is due to the fact that
experimental data concerned only one kind of phase equilibria (VLE or LLE).

For mixtures containing methanol with hydrocarbons, namely paraffins and cycloalkanes, the
modeling, which requires the simultaneous prediction of LLE, VLE, and hE, is much more complex.
For this purpose, an additional term was introduced in the original EoS excess Gibbs energy of the
Peng-Robinson equation to account for the self-association of methanol, leading thus to the NRTL-
PRA EoS. The strengths of the proposed equation are the following:

- first, the new EoS remains a simple cubic equation which can be easily used, with reasonable
computing times, for the modeling of phase equilibria in multicomponent mixtures, as those
considered in petroleum or pharmaceutical industry, as well as for fluid mechanics engineering;

- second, the equation does not require any additional parameter for the associating compound,

except the knowledge of its enthalpy, AH(OTO )» and entropy, AS(OTO )» of association at a reference

temperature 7p ;
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- third, the NRTL-PRA EoS simply reduces to the original NRTL-PR EoS for the modeling of VLE
or LLE in mixtures containing hydrocarbons and associating compounds (water and ethylene glycol
being considered in this case as “non associated”).

The new equation was applied to the prediction of phase equilibria and excess enthalpies of
mixtures containing methanol with paraffins, cycloalkanes, aromatics, light gases, water and ethylene
glycol. A first attempt to correlate these data by means of a group contribution specially developed
with the original NRTL-PR EoS (Table 4 and Fig. 3) evidenced the need of taking account of the
dissociation of methanol during mixings. The NRTL-PRA EoS was then compared with literature
predictive equations: the cubic VTPR EoS [1] and two SAFT type equations, PC-SAFT [2-5] and
SAFT-y-Mie [7] (even if in this case, the restricted number of systems considered does not enable
“general” conclusions).

Results of the various comparisons showed that:

- for mixtures with paraffins and cycloalkanes, the NRTL-PRA equation leads, for a wide range of
hydrocarbon sizes, to satisfactory predictions of LLE, similar to those of SAFT type EoS; it was also
verified that the VTPR equation provides ‘“rather poor” predictions of LLE. Concerning VLE
predictions, the NRTL-PRA EoS may lead to isothermal VLE curves "slightly lower” than those
obtained with the two other models. Predictions of h® data are interesting, since they remain
"reasonably higher" than those of the VTPR model; it is worth recalling that SAFT EoS provide no
information about the representation of excess enthalpies.

- For all other mixtures containing aromatics, light gases and other associating components, for
which most of literature EoS only consider VLE data, the NRTL-PRA EoS (as the VTPR equation)
provides very satisfactory and precise predictions of both VLE and h® data, especially for mixtures
with light gases and associating compounds.

To summarize: the proposed NRTL-PRA EoS appears to be suitable for the modeling of any
mixtures involving hydrocarbons with associating components (like methanol, ethanol...). With
respect to other predictive EoS, the strength of the proposed equation is twofold: first, it remains a
simple cubic EoS, as VTPR, but allowing a satisfactory prediction of LLE; second, it provides LLE
and VLE predictions comparable to those of SAFT EoS, but allowing rather meaningful predictions
of enthalpies.
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List of symbols

a = attractive term

b = covolume

g = molar Gibbs free energy
n = mole number

P = pressure
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q = surface area factor

Qi = UNIFAC surface parameter subgroups
r = volume area factor

R = ideal gas constant

Ry = UNIFAC volume parameter subgroups
Sk = stereochemistry parameter subgroups
T = temperature

v = molar volume

Z = compressibility factor

x = mole fraction

Greek letters

o = alpha function

I'j; = interaction parameter between molecules j and i

Ik, 1, ™ = interaction parameters between main groups K and L
o = acentric factor

0;x = probability that a contact from molecule i involves a main group K
vixk = number of main group K in a molecule i

Subscript

asso = association property
comb = combinatorial property
diss = dissociation property

i = pure component property
res = residual property

Superscript

E = excess property at constant pressure

APPENDIX A: Calculation of polymer mole fractions

The calculation of mixture properties requires, besides the mole fraction x; , the knowledge of the

)

global mole fractions of polymers, X; and Xi( =) respectively in the mixture and in the pure

component i :

X;=2 Xy x=2kXy  with: Xy =(KX;)/ X (A
k k
and:

1= szi(l?i:l) ’ Xi(XI:l) = Z Xz%l:l) (A-2)
k k
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where, K; represents, according to Eq. (12) the "pseudo equilibrium" constant of the polymerization
reaction (Eq. (7)).

e For a series of polymers k, the global mole fraction of polymers X; (Eq. (A-1)) is expressed as :

p p
X, =2 Xy =Xy +(K:X;) Y kX4 = X +(KiXi1)[Xi _Xip] (A-3)
k=1 k=2

Assuming that the mole fraction, X;,, of the highest polymer p is negligible, the above equation
becomes:

X.

i = X;(+K;X;) (A-4)
so that, Eq. (A-3) reduces to:

X, =X;,/(1-K;X;;) (A-5)
¢ The mole fraction x; (Eq. A-1) can also be written as:

p L L
X =2 kX =X+ (KX D k-DX 5+ D2 Xig
k=1 k=2 k=2

= X, +(Kl-Xl~l)[(xl~ - X))+ (X, - X, ] (A-6)
Assuming also that X;, is negligible, the previous relation (Eq. (A-6)) becomes:

so that the mole fraction of polymers, X;, given by Eq. (A-5) leads to a second degree equation with
respect to the variable X;;, the solution of which is:

X, =] (1+2K.x) - 1+4K x; | / [2K7x; | (A-8)

e It should also be noted that, in the case where mixture components m are "highly polar'
(P, =P, =0) or have "very small size" (0,,; =1, ; ~ €), Eq. (13) shows that: gam; ~ x;, so that the

"pseudo equilibrium" constant K; (Eq. (12)) can be expressed by : K;x; ~ eXp(—AGiO /RT) , it means

as a simple term independent of mole fractions x;.

Consequently, Eq. (A-8) which can be rewritten as:

X /% =[ (142(Kx5) - T+4K ) | / [2K;%)? | (A9)

shows that X, /x; is also independent of mole fractions x;. Finally, the auxiliary variable X,/ x; is

expressed, from Eq. (A-5), as:
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X; /%=Xy / x)|[1-Kix) X1 / ;) | (A-10)

It means as a constant with respect to the mixture composition. The dissociation excess Gibbs energy

(Eq. (10)) becomes therefore : gl = > xX ™ —X,;/x)E,  \~0.

i(asso
=i ( asso) ( )

The main consequence of these "limiting cases" is therefore that such mixings lead to fotally miscible

mixtures.
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FIGURES CAPTIONS

Figure 1. Methanol'” — hexane® system. Excess Gibbs energy g </ RT (see Table 1) calculated for

x=0.5 as a function of temperature, respectively for: NRTL-PR EoS (- =), with: gi = g° and
NRTL-PRA EoS (—), with: g; .= gk + gF ..

Figure 2. Illustration of the free energy of mixing g" for a mixture of non-associating compounds and
for a mixture containing one associating compound.

Figure 3. Methanol” with paraffins'” and cycloalkanes'”. Simultaneous prediction of LLE, VLE and

h® with the NRTL-PRA (—) and the NRTL-PR (= =) EoS. (a) Hexane®: LLE under P = 0.101 MPa
[32-34]. (b) Cyclohexane®: LLE under P = 0.101 MPa [35-37]. (¢) Hexane®: VLE at (o) T = 343 K
[38] and (A) T = 398 K [39]. (d) Cyclohexane”: VLE at (o) T = 293 K [40] and (A) T = 328 K [41-
44). (e) Hexane®: h* under P = 0.2 MPa and at (0) T = 298 K [45], (0) T =313 K [45] and (A) T =
323 K [45]. (f) Cyclohexane®: h* under P = 0.2 MPa and at (0) T = 288 K [46] and (A) T = 323 K
[47]; straight lines represent the two phase regions.
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Figure 4. Methanol(l)—parafﬁns@) systems. Prediction of LLE, VLE and h® with the NRTL-PRA (—)
and the VTPR (- —) equations. (a) Butane®: LLE at (o) P = 5 MPa [48]. (b) Octane”: LLE at (0) P
= 1 MPa [49, 50]]. (¢) Heptane(z): VLE at (o) T =313 K [51,52] and (0) T = 338 K [53]. (d) 2-
Methylpropane®: VLE at (o) T = 373 K [54] and (A) T = 423 K [54]. (e) Butane'”: h® under P = 5
MPa and at (0) T = 298 K [55], (0) T = 323 K [55] and (A) T = 348 K [55]. (f) Heptane'”: h* under P
= 0.2 MPa and at (o) T = 303 K [45], (0) T = 318 K [45] and (A) T = 333 K [45]; straight lines
represent the two phase regions.

Figure 5. MethanolV-aromatics® systems. Prediction of VLE and h® with the NRTL-PRA (—) and
the VTPR (- =) equations. (a) Benzene'”: VLE at (0) T = 313 K [56], (0) T =373 K [57] and (A) T =
453 K [57]. (b) Toluene'”: VLE at (o) T = 313 K [58, 59]. (¢) Benzene'®: h® under P = 0.101 MPa
and at (0) T =298 K [60] and (0) T =318 K [61]. (d) Toluene®: h" under P = 0.101 MPa and at (o) T
=298 K [62,63] and (¢) T = 308 K [62].

Figure 6. Methanol"-light gases” systems. Prediction of VLE and h” with the NRTL-PRA (— )
and the VTPR ( = =) equations. (a) Methane®: VLE at (o) T=220K [64], (0) T=1323 K [65] and (A)
T = 373 K [65]. (b) Carbon dioxide® : VLE at (0) T = 273 K [66-70], (¢) T = 313 K [71-75] and (A)
T = 352 K [76]. (c) Hydrogen sulfide”: VLE at (o) T = 298 K [77], (8) T = 348 K [77] and (A) T =
398 K [77]. (d) Carbon dioxide®: h® at P = 12.5 MPa at (o) T = 308 K [78], (0) T = 473 K [78] and
(A) T =573 K [78]

Figure 7. Methanol - associating compounds'” systems. Prediction of VLE and h* with the NRTL-
PRA (—) and the VTPR (- =) equations. (@) Water'”: VLE at (o) T= 328 K [79] and (o) T =333 K
[79]. (b) Water®: h® under P = 20 MPa at (o) T = 298 K [80], (¢) T =373 K [80] and (A) T = 523 K
[80]. (c) Ethylene glycol®: VLE at (o) T = 313 K [81] and (0) T = 333 K [82]. (d) Ethylene glycol®:
h® under P = 0.1 MPa at (0) T =298 K [83] and () T = 308 K [83].

Figure 8. Methanol" with paraffins” and light gases”. Prediction of LLE and VLE with NRTL-
PRA (= - -) and PC-SAFT &) equations. (a) Heptane(z): LLE under P = 1 MPa (SAFT curves from
[4]). (b) Undecane®: LLE under P = 2 MPa (SAFT curves from [6]). (¢) Propane”: VLE at (0) T =
313 K and (0) T = 343 K (SAFT curves from [4]). (d) Carbon dioxide®: VLE at T = 353 K (SAFT
curves from [5]).

D )

Figure 9. Methanol" with paraffins®, light gases'” and associating compounds'” . Prediction of
phase equilibria with the NRTL-PRA EoS (- - -) and the curves [7] from the SAFT-y Mie equation
().

(a) Hexane®: (0) LLE and (o) VLE under P = 0.101 MPa. (b) Butane”: VLE at (o) T = 323 K and
(o) T = 373 K. (c) Ethane®: (A) VLE and (¢) LLE at T = 298 K. (d) Water®: VLE at (o) T = 298 K,
(o) T=308 K, (A) T=323 Kand (¢) T =333 K.
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Table 1. The NRTL-PRA EoS.

(a) - General formulae

Pv 1 a b
Z:—: — > y 77:—
RT 1-n 1+2n-n v

With :

E
a=3 a; 1 |:gEos:| , b= xb

)Cl- -
~""bRT 053| RT
and, in the case of associating components i(asso) :

E _ E E
8EoS = 8diss + 8res

=AG) —(2/2)E; (z=10)

i(asso) *

E =1 0 0
8diss = Z (xin{x )_Xi)E Ei(asso)
i=i( asso )

X=X (1K Xy) Xy =(142Kx, - JI+4K,x, ) /| 2K, |

K; :exp(—AG,-O/RT)/gam[ , gam, = x, + z x,(0,.10,)

m,i
< m#i(asso)

2. %4,G L

E J
8res = XNl
“ i o me qumi

m

\ Ii=E;—E; . Gu=exp(-ay[;;/RT) . a=-1

(b) - Specific parameters for methanol (energies in J/mol)
([ 7,=09 ,  m; =0.6969 (parameters of the Soave function)
r=2.1711 , ¢;=2.0000 (UNIFAC subgroup parameters)

) AG) =-10589.78-6410.23(T, /T -1) , T,=298.15K

0
Ei(

wnasso

) =—9980.62 - 6833.96(T, /T - 1)
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Table 2. NRTL-PRA group contributions: volume parameter R;, surface area parameter Q; and
stereochemistry parameter Sy.

Main groups K Subgroups k Ry Qx Sk Ref. (R, Qp)
CH, 0.9011 0.848 2.800 [22]
i (PAR CH, 0.6744 0.540 1.900 [22]
paraffins (PAR) CH 0.4469 0.228 -5.650 [22]
C 0.2195 0.000 -5.650 [22]
CH, 0.6744 0.540 0.750%* [22]
cycloalkanes (CYC) CH 0.4469 0.228 0.800%* [22]
C 0.2195 0.000 0.800%* [22]
aromatics (ARO) CH 0.5313 0.400 0.600 [22]
C 0.3652 0.120 0.600 [22]
methane (CH,) CH, 1.1290 1.124 1.170 [23]
ethane (C,Hy) C,H, 1.8022 1.696 1.170 [22]
carbon dioxide (CO,) CO, 1.3000 0.982 1.000 [23]
nitrogen (N) N, 0.8560 0.930 1.000 [23]
hydrogen sulphide (H,S) H,S 1.2350 1.202 1.000 [23]
water* (H,0) H,0 0.9200 1.400 1.000 [22]
ethylene glycol* (MEG) MEG 3.8888 2.248 1.000 [22]
methanol* (OH) OH 12711 1.152 1.000 [22]

* Polar groups ** Values of Sy for cyclohexane; Sy= 0.5 for cyclopentane and =0.9 for higher cycloalkanes
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Table 3a. Values (in J/mol) of the NRTL-PRA group interaction parameters /" SI){)
L\K PAR CYC ARO CH, C,H; CO, N, H,S H,0 MEG OH
PAR 0.00 2398.94 836.31 -235.94*
CYC 41.44 0.00 2421.64 834.63 1248.10 **
ARO 220.63 249.71 0.00 2343.02 519.20 1596.08 ***
CH, 147.46 283.73 555.61 0.00 2298.52 1281.26 1309.96
C,H; 48.26 71.66 552.46 73.03 0.00 2268.52 881.95 2275.59
CO, 866.64 862.30 820.70 748.07 791.11 0.00 2081.99 931.17 883.70
N, 523.57 1035.59 1476.84 231.80 434.38 743.75 0.00 2518.74 2132.21 2332.57
H,S 733.34 731.54 77.16 1016.15 796.08 743.35 1670.18 0.00 2070.29 536.39 -24948.45
H,0 324543 3140.64 279291 3353.08 3302.99 2545.63 3412.17 1711.13 0.00 -1167.86
MEG 2802.32 2768.55 2303.47 2851.39 3239.78 1939.87 2112.08 1110.67 124.47 0.00 -476.89
OH 1535.09* 2390.22 ** 1555.15%%** 1880.11 809.86 729.89 2092.99 1434.23 -632.34 -1462.52 0.00

PAR : * values for " oz and 7O cyson

I owenp = 2181.15
F(O) OH/CH = 957300

I cyon = 220091

. IO con = 10290.82

CYC : ** values for " gycm and 77 cuoon

F(O) OH/CH = 274635

s

F(O) CH/OH =788755

ARO : ##* values for 7O geq and 7O o

F(O) OH/C = 170649 s

1—-(0) C/OH = 153624
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Table 3b. Values (in J/mol) of the NRTL-PRA group interaction parameters /" 1(4112

L\K PAR CYC ARO CH, C,Hq CO, N, H,S H,O MEG OH
PAR 0.00 -3417.62  -1060.28 -6159.54*
CYC 71.50 0.00 -3871.15 -610.97 -5533.53 **
ARO 270.25 191.29 0.00 -2743.07  -2048.05 -4765.72 ***
CH, 13.31 294.52 -163.10 0.00 -4350,67  -1033,41 -5857,32
C,H; -137.36 -172.44 934.25 8.34 0.00 -3915.16 1527.06 -5363.92
CO, 609.92 524.20 1491.76 308.54 529.51 0.00 -4055.83  -2214.13 -10885.41

N, 59.69 1368.42 1953.96 -4.30 -18.84 165.41 0.00 -4778.13  -3011.62 -3933.10
H,S -227.72 579.77 -247.07 -166.44 120.77 -368.65 -171.30 0.00  -1531.87 -643.68 -26517.61
H,0 -294.87 -285.83 -879.36 -895.00 -808.34 -234.88 -665.51 -2658.09 0.00 -1235.62
MEG -335.71 -561.09 918.63 -550.04 -5709.17 1346.32 4654.01 -131.38 -718.30 0.00 -2020.18
OH 2629.81* 1771.71%%  1355.55%%* 3503.52 3613.88 10140.97 702.87 -963.83  -2741.39 999.01 0.00

PAR : * values for ™D oz and 7D cpzon -

I'Yowema= -37.35 ,
I'Yowen= -201.30 ,

'Y crpon = -92.72
'Y cwon = -152.30

CYC : #** values for "D o and 7D cpovon

F(l) OH/CH = 41603

F(l) CH/OH = 41576.08

ARO : ##* values for "D opcn and ™D con

F(l) OH/C = 8046,30 s

F(l) C/OH :]558,89
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Table 3c. Values (in J/mol) of the NRTL-PRA group interaction parameters [~ ﬁ()

L\K H,O MEG OH
H,O 0.00 0.00 -327.10
MEG 0.00 0.00 65.82

OH -327.10  -1036.95 0.00
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Table 4a. Modeling of VLE, h" and LLE for mixtures containing methanol (component”) and paraffins or cycloalkanes. Comparison of results obtained
with : (I) « NRTL-PRA » and (1I) « NRTL-PR» EoS. Representation of experimental data : number of data points (Ny.g, Ny, Ny N,z ), maximum temperature
T, (K) and pressure P, (MPa), deviations (AP/P% ) on pressure, (AhE/hE%) on excess enthalpies and (Axy/x;%,, Axy/x,%) on the mole fractions

respectively in the « hydrocarbon » and « methanol » rich phases.

@ AP/P% AR /W% Axq/x1% Axy [x3%

Component
Nvie  Toax @ I Nug  Tiax @ an Puoe Ny @ (1N Ny, @ (In
Propane 77 474 25.86 23.01 415 373 20.90 13.27 - - - - - - -
Butane 106 470 17.64 18.86 177 348 30.25 9.29 10 17 22.51 93.99 21 75.49 41.20
Pentane 104 423 9.21 10.04 293 363 64.49 45.69 40 39 21.25 90.46 36 39.35 38.24
Hexane 504 448 6.06 9.30 154 323 59.31 52.49 40 158 15.70 82.28 150 16.07 33.15
Heptane 127 339 4.05 12.11 119 333 62.78 55.10 40 120 29.03 77.87 82 14.92 59.53
Octane 50 368 9.86 19.55 - - - - 40 74 36.73 76.64 87 19.77 67.57
Nonane - - - - - - - - 0.2 11 13.37 79.46 9 62.54 28.96
Decane 29 409 42.65 51.94 21 298  253.46 156.57 40 36 57.94 74.32 32 19.85 194.29
Undecane 18 429 130.56 147.79 - - - - 0.101 4 88.59 42.69 4 12.25 580.70
Dodecane - - - - - - - - 0.101 4 89.30 39.17 4 9.65 827.12
2-m Propane 113 423 19.82 260.62 - - - - - - - - - - -
2-m Butane 46 319 2.98 11.47 - - - - - - - - - - -
2,3-m Butane 60 333 2.10 8.75 - - - - - - - - - - -
2-m Pentane 6 321 591 10.38 - - - - - - - - - - -
3-m Pentane 5 330 7.57 9.56 - - - - - - - - - - -
2,2,4-m Pentane 31 341 14.26 10.74 - - - - 120 10 43.45 86.89 12 100.00 44.22
Cyclopentane - - - - - - - - 0.101 - - - 3 11.29 35.78
m-Cyclopentane 51 345 10.30 13.39 - - - - 0.101 - - - 6 3.00 19.16
Cyclohexane 464 354 6.85 11.30 185 323 49.84 86.63 0.101 60 26.99 18.49 46 17.12 18.43
m-Cyclohexane 37 336 8.44 13.02 45 313 172.12 119.03 0.101 13 7.90 45.73 22 5.82 21.17
Cyclooctane - - - - - - - - 0.101 28 29.46 50.31 18 23.92 31.76
Global 1828 10.67 29.29 1409 50.97 42.48 574 27.56 7143 532 23.01 61.51
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Table 4b. Modeling of VLE and h" for mixtures containing methanol (component'”) and aromatics, light gases and associating components. Comparison of
results obtained with : (I) « NRTL-PRA » and (II) « NRTL-PR» EoS . Representation of experimental data : number of data points (Ny.g, N,g), maximum
temperature 7, (K), deviations (AP/P% ) on pressure and (AW"/h" %) on excess enthalpies.

® AP/P% Ah"/h" %

Component
Nyre T @ an Nug Toax ) an

Benzene 243 493 3.81 2.67 39 318 12.73 16.14
Toluene 257 382 9.02 5.75 35 308 10.62 17.12
Ethyl benzene 13 409 2.43 6.03 - - - -
o-Xylene 35 415 12.77 12.66 - - - -
m-Xylene 13 412 3.64 5.95 - - - -
p-Xylene 66 412 11.76 10.16 58 298 11.39 15.55
1,3,5-m Benzene - - - - 12 298 10.71 13.77
Methane 94 373 27.86 35.04
Ethane 45 373 5.44 4.56 221 348 41.02 55.74
Nitrogen 189 373 17.78 13.37
Hydrogen sulfide 80 448 2.92 2.67
Carbon dioxide 210 473 13.72 14.21 275 573 27.46 28.57
Water 1211 548 221 2.32 612 573 12.42 11.34
Ethylene glycol 69 462 7.08 6.97 70 323 3.23 4.25

Global 2525 6.75 6.30 1322 19.74 2247
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Figure 1. Methanol"”

— hexane system. Excess Gibbs energy gr,s | RT (see Table 1) calculated

for x=0.5 as a function of temperature, respectively for: NRTL-PR EoS (- =), with: gi .= g© and
NRTL-PRA EoS (—), with: gi .= g" + gf
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Figure 2. Illustration of the free energy of mixing g" for a mixture of non-associating compounds and for a mixture containing one associating compound.
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Figure 3. Methanol” with paraffins'” and cycloalkanes'”. Simultaneous prediction of LLE, VLE and h* with
the NRTL-PRA (—) and the NRTL-PR (- —) EoS. (a) Hexane®: LLE under P = 0.101 MPa [32-34]. (b)
Cyclohexane®: LLE under P = 0.101 MPa [35-37]. (¢) Hexane'”: VLE at (0) T = 343 K [38] and (A) T =
398 K [39]. (d) Cyclohexane'”: VLE at (0) T = 293 K [40] and (A) T = 328 K [41-44]. (e) Hexane®: h*
under P = 0.2 MPa and at (0) T = 298 K [45], (0) T = 313 K [45] and (A) T = 323 K [45]. (f) Cyclohexane'®:
h® under P = 0.2 MPa and at (o) T = 288 K [46] and (A) T = 323 K [47]; straight lines represent the two
phase regions.
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Figure 4. Methanol"-paraffins'” systems. Prediction of LLE, VLE and h® with the NRTL-PRA (—) and
the VTPR (= =) equations. (@) Butane®”: LLE at (0) P = 5 MPa [48]. (b) Octane'”: LLE at (o) P = 1 MPa
[49, 501]. (c) Heptane®: VLE at (0) T = 313 K [51,52] and (¢) T = 338 K [53]. (d) 2-Methylpropane®: VLE
at (o) T = 373 K [54] and (A) T = 423 K [54]. (e) Butane'”: h® under P = 5 MPa and at (o) T = 298 K [55],
(0) T =323 K [55] and (A) T = 348 K [55]. (f) Heptane®: h® under P = 0.2 MPa and at (0) T = 303 K [45],
(0) T=318 K [45] and (A) T = 333 K [45]; straight lines represent the two phase regions.
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Figure 5. MethanolV-aromatics'” systems. Prediction of VLE and h® with the NRTL-PRA (—) and the
VTPR (— — ) equations. (a) Benzene”: VLE at (0) T = 313 K [56], (0) T =373 K [57] and (A) T =453 K
[57]. (b) Toluene®: VLE at (o) T = 313 K [58, 59]. (c) Benzene®: h* under P = 0.101 MPa and at (o) T =
298 K [60] and (¢) T =318 K [61]. (d) Toluene®: h® under P = 0.101 MPa and at (o) T=298 K [62,63] and
(0) T = 308 K [62].
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Figure 6. Methanol"-light gases'” systems. Prediction of VLE and h* with the NRTL-PRA (—) and the
VTPR (= =) equations. (a) Methane®: VLE at (o) T = 220 K [64], (¢) T = 323 K [65] and (A) T = 373 K
[65]. (b) Carbon dioxide” : VLE at (o) T = 273 K [66-70], (0) T = 313 K [71-75] and (A) T = 352 K [76].
(c) Hydrogen sulfide”: VLE at (o) T = 298 K [77], (®) T = 348 K [77] and (A) T = 398 K [77]. (d) Carbon
dioxide®: h® at P = 12.5 MPa at (o) T =308 K [78], (0) T =473 K [78] and (A) T = 573 K [78].
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Figure 7. Methanol"- associating compounds'” systems. Prediction of VLE and h" with the NRTL-PRA
(=) and the VTPR (= = ) equations. (a) Water'”: VLE at (o) T=328 K [79] and (o) T = 333 K [79]. (b)
Water®: h® under P = 20 MPa at (o) T = 298 K [80], (0) T = 373 K [80] and (A) T = 523 K [80]. (¢)
Ethylene glycol®: VLE at (0) T =313 K [81] and (¢) T = 333 K [82]. (d) Ethylene glycol®: h* under P = 0.1

MPa at (o) T =298 K [83] and (¢) T = 308 K [83].
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Figure 8. Methanol” with paraffins'” and light gases”. Prediction of LLE and VLE with NRTL-PRA (- - -)
and PC-SAFT (=) equations. (a) Heptane(z): LLE under P = 1 MPa (SAFT curves from [4]). (b)
Undecane®: LLE under P = 2 MPa (SAFT curves from [6D). (¢) Propane(z): VLE at (0) T=313Kand (0) T
=343 K (SAFT curves from [4]). (d) Carbon dioxide®: VLE at T = 353 K (SAFT curves from [5]).
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Figure 9. Methanol" with paraffins'”, light gases” and associating compounds”. Prediction of phase
equilibria with the NRTL-PRA EoS (= - 5 and the curves [7] from the SAFT-y Mie equation (—).
(a) Hexane™: (o) LLE and (o) VLE under P = 0.101 MPa. (b) Butane®: VLE at (0) T=323 K and (0) T =

373 K. (c) Ethane®: (A) VLE and (0) LLE at T = 298 K. (d) Water®: VLE at (o) T = 298 K, (o) T = 308 K,
(A) T=323Kand (0) T =333 K.
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